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Modeling and measurement of bubble size in a rotating fluidized bed (RFB) is
described. A novel model of bubble growth has been proposed based on a bubble coa-
lescence model by Darton et al. We modified the model according to the following
concepts: (i) local centrifugal acceleration and excess gas velocity are considered as
the parameters in the radial direction and (ii) bubble volume flow rate locally changes
depending on the radial distance. Bubbling behavior in a two-dimensional RFB was
experimentally observed by means of a high-speed video camera. Bubble sizes were
measured using an image analysis technique. The estimated bubble sizes by our pro-
posed model showed good agreement with the experimental results, while the estimated
values by the model for conventional fluidized bed underestimated. The bubble growth
mechanism in an RFB was also discussed and then concluded that the initial bubble
size decreases, and the rate of bubble growth increases with an increase in the centrif-
ugal acceleration. � 2007 American Institute of Chemical Engineers AIChE J, 53: 2795–2803,
2007
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Introduction

Fluidized bed has been widely used in many industries
because of its desirable characteristics such as high heat and
mass transfer rates, temperature homogeneity, easy handling,
and rapid mixing of particulate materials. However, a con-
ventional process has some limitations: it is difficult to oper-
ate under high gas velocity since the gas–solid contact
becomes poor due to a generation of large bubbles, slugs,
and particle entrainment; uniform fluidization of fine particles
such as Geldart group-C particles1 is also difficult due to
channeling, lifting as a plug, and forming ‘‘rat holes.’’

Recently, a rotating fluidized bed (RFB) has gathered a
special interest since it has high potential to overcome the
conventional limitations. The RFB system has unique fluid-
ization concept as shown in Figure 1. The system consists of
a cylindrical plenum chamber and a cylindrical gas distribu-

tor rotating around its axis of symmetry inside the fixed

plenum chamber. Because of the rotational motion of gas
distributor, particles are forced to move toward the rotating

vessel (gas distributor) by the centrifugal force, making an-

nular bed near to the rotating vessel. Gas flows inward

through the gas distributor, and particles are balanced by

drag and centrifugal forces leading to uniform fluidization in

a high centrifugal force field. This system has many advan-

tages that: (1) it can prevent growth of large bubbles and

particle entrainment even at relatively high gas velocities by

controlling the vessel rotational speed2; (2) it imparts high

centrifugal and fluid drag forces onto fine particles for uni-

form fluidization3; (3) its space requirement is very small.
The RFB has been expected to be used as some advanced

industrial processes from its advantages, such as reactor of
rocket propulsion in a microgravity field,4 the high efficiency
dust filter,5,6 simultaneous removal process of NOx and soot
from diesel engine exhaust gas,7 incineration of wool scour-
ing sludges,8 granulation and coating of fine particles,9–11

and handling of nanoparticles.12,13 In spite of many published
studies, a reliable RFB process has not been established yet,
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because the fundamental fluidization mechanism has not
been well studied.

There are a few reports of fundamental fluidization mecha-
nism in an RFB. So far, Fan et al.,14 Chen,15 and Kao
et al.16 have reported the modeling of bed pressure drop
based on the conservation equations of mass and momentum
balance in the radial direction. Chen15 proposed the layer-by-
layer fluidization model, in which the fluidization of particle
bed can take place from the surface to the outside of particle
bed. Shi et al.17 has experimentally investigated the heat
transfer between particle and gas phase. They finally pro-
posed the empirical correlation which predicted the heat
transfer coefficients. The particle mixing has been investi-
gated by Kroger et al.18 and Qian et al.19 However, they
only reported the effect of gas velocity on the particle

mixing, never mentioned the effect of other operating param-
eters. Takahashi et al.20 has just reported the empirical corre-
lation for prediction of the coefficient of lateral particle dis-
persion under various operating parameters. Recently, fluid-
ization behavior of fine particles has been reported by
Matsuda et al.12 and Quevedo et al.13 They analyzed the flu-
idization behavior of nano-agglomerates and proposed the
model of the agglomerate size in a high-centrifugal force
field. The studies of numerical modeling have also been
reported based on CFD21,22 and DEM-CFD coupling
model.23

It is well known that bubbling characteristics in a conven-
tional fluidized bed greatly influence the fundamental fluid-
ization phenomenon, such as gas–solid contact, particle mix-
ing, entrainment, and so on.24 Bubbling characteristics thus
become the critical parameters for design and control of flu-
idized bed process. However, no reports have been made
regard to the bubbling characteristics of RFB. Or the existing
models for conventional fluidized bed have been directly
used by substituting centrifugal acceleration for gravity
term.12 Only Chevray et al.25 has reported the mathematical
model of bubble dynamics such as velocity and trajectory by
the Lagrangian approach. However, there was no experimen-
tal data evaluating the validity of their model.

The overall objective of this study is to theoretically ana-
lyze the bubbling characteristics in an RFB. The bubble size,
which is one of the most important bubble characteristics,
was mainly analyzed. A mathematical model for predicting
the bubble growth was proposed. Validity of the proposed
model was evaluated by comparing the bubble size actually
measured by an image analysis technique in a two-dimen-
sional RFB with the estimated values by our proposed model
and the available model for a conventional fluidized bed.

Modeling of Bubble Growth in an RFB

So far, many studies have been conducted for the predic-
tion of bubble growth in a conventional fluidized bed. Darton
et al.26 has proposed a mathematical model of bubble growth
for Geldart’s group B and D particles based on the staged
coalescence model, which assuming that bubble growth
occurred in the stage between adjacent two bubbles. Accord-
ing to this model, bubble diameter Db can be expressed as
follows:

Db ¼
0:54ðu0 � umfÞ0:4 zþ 4:0

ffiffiffiffiffi
Ac

p� �0:8
g0:2

(1)

where u0, umf, z, and Ac are superficial gas velocity, mini-
mum fluidization gas velocity, height above gas distributor,
and area of distributor per hole, respectively.

However, available models for conventional fluidized bed
cannot be directly applied to RFB, because the fluidization
mechanisms are totally different. Figure 2 shows the sche-
matic diagram of fluidization state in an RFB. The gas veloc-
ities and centrifugal acceleration locally change in an RFB,
although they are independent from bed height in a conven-
tional fluidized bed. In this study, we modified the bubble
growth model proposed by Darton et al.26 based on this dif-
ferences. The two concepts of modeling are as follows: (i)
centrifugal acceleration and excess gas velocity are consid-

Figure 1. RFB system: (a) front view and (b) over view.
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ered as a function of radial distance from the surface of gas
distributor L; and (ii) bubble volume flow rate passing
through the bed as bubbles increases with an increase in L.

According to Darton et al.,26 the bubble coalescence is
assumed to occur in stages as shown in Figure 3. The distance
LN from the surface of the gas distributor at the Nth stage of
coalescence can be assumed as the following equation26:

LN ¼ kDc0 þ kDc1 þ � � � þ kDcðN�1Þ (2)

where Dc is the circle equivalent diameter of Ac (Ac 5
0.25pD2

c). k shows the bubble coalescence constant. Diameter
of bubble at the perforated distributor can also be estimated
by the following equation27:

Db ¼ 1:38
u� umf

g0:5
Ac

� �0:4
: (3)

Therefore, the correlation between the Dc and Db at the Nth
stage of coalescence can be expressed as follows:

DcN ¼ 0:75
g00:25N D1:25

bN

ðu� umfÞ0:5N

(4)

where g0N and (u 2 umf)N are the local centrifugal accelera-
tion and local excess gas velocity at LN, respectively. g

0
N and

(u 2 umf)N are considered as a function of L, as expressed16:

g0N ¼ G0g

bN
(5)

ðu� umfÞN ¼

bN � u0 � 1

bN

l
qfdp

33:72 þ 0:0408
qfðqp�qfÞd3pG0g

l2bN

 !0:5
� 33:7

2
4

3
5

ð6Þ

where G0 is a dimensionless centrifugal factor, which is
defined as a ratio of the centrifugal acceleration at the sur-
face of rotating gas distributor to the gravitational accelera-
tion (g 5 9.8 m/s2) as shown in the Eq. 7:

G0 ¼ RVx2

g
(7)

where RV and x are radius and angular velocity of the rotat-
ing vessel. b in Eqs. 5 and 6 also indicates the dimensionless
radius defined as:

bN ¼ RV

ðRV � LNÞ (8)

The volume balance of bubble in each coalescence stage can
be expressed as follows:

D3
b1 ¼ 2D3

b0 þ 2D3
bG;1

D3
b2 ¼ 2D3

b1 þ 2D3
bG;2

D3
b3 ¼ 2D3

b2 þ 2D3
bG;3

..

. ..
. ..

.

D3
bðN�1Þ ¼ 2D3

bðN�2Þ þ 2D3
bG;ðN�1Þ

9>>>>>>=
>>>>>>;

(9)

where, DbG,N is defined as the ‘‘gained bubble diameter’’ at
Nth coalescence stage due to the increased bubble volume
flow rate, since the excess gas velocity increases with an
increase in L. It is defined as:

DbG; N ¼ 1:38
ðu� umfÞN � ðu� umfÞðN�1Þ

g00:5ðN�1Þ
AcðN�1Þ

" #0:4
: (10)

Finally, the correlation between the bubble diameter and the
dimensionless radius can be obtained by numerically solving
the above equations. Figure 4 shows an algorithm for bubble
size calculation. In this study, Db0 for the gas distributor of
the sintered mesh was calculated by the following equa-
tion27:

Db0 ¼ 3:77
ðu� umfÞ2L¼0

G0g
: (11)

The value of k was preliminarily determined as 0.77 which
gave the smallest sum-of-squares error between experimental
and estimated results at the operating parameter (G0 5 10
and (u 2 umf)L50 5 0.11 m/s), which were arbitrary chosen.

Figure 3. Schematic diagram of bubble growth model
in RFB.

Figure 2. Fluidization state in RFB.
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Darton et al.26 fitted k based on the literature data for con-
ventional fluidized bed, and k 5 1.17 was chosen. k in an
RFB (50.77) showed smaller value than that in a conven-
tional fluidized bed (51.17). In this model, smaller k means
that coalescence of bubbles more easily occurred. We believe
that the difference of k comes from the geometry of vessel
in an RFB: with an increase in a distance from vessel, radius
of curvature increases in an RFB. Two bubbles can get closer
to each other in this case, and accordingly bubble coales-
cence can easily occur, although the value of k might be
constant in relatively large vessel size. We have already
started to analyze the effect of vessel geometry on the
constant k, and the details will be reported in our subsequent
article.

Experimental

Experimental apparatus

Figure 5 shows the experimental setup for visualization of
bubbling behavior in the RFB. A thin porous cylindrical
plate (I.D. 250 mm 3 D. 5 mm), which was made of stain-
less sintered mesh with 20 lm openings, was used as rotating
gas distributor. The covers of the chamber and rotating ves-
sel are both made of transparent acrylic plastic that allows
observation of bubbling behavior at various circumferential
locations. Spherical glass beads (FUJISTONE GB-01, Fuji-
rika industrial) were used as experimental model particles
and their median diameter and density were 136 lm and
2520 kg/m3, respectively. The particles of 170.0 g were
charged into the vessel of which the initial bed height was
31 mm. The bubbling behavior in the two-dimensional RFB
was observed by means of a high-speed video camera
(FASTCAM MAX, Photoron). The recording frame rate and
shutter speed were set at 3000–4000 frames/s and 0.14 ms,
respectively. A metal halide lamp was used as light source,
which was set at backside of the particle bed. Figure 6 shows
the representative recorded images of the bubbling behavior
at four different positions. The digitized recorded images
consisted of 512 3 256 picture elements (pixel). The whole

visualized area was 16 cm 3 8 cm, which corresponded to
0.16 mm 3 0.16 mm of spatial resolution per one pixel.

In this study, bubbling behavior was observed in the range
between G0 5 10 and 40 (267–534 rpm). We could not ana-
lyze the bubbling behavior at the small rotational speed
lower than G0 5 5, because particles could not make a uni-
form annular bed due to downward gravitational force. The
experiment at higher G0 was also impossible because of the
limitation of our experimental system.

Image analysis

The image analysis techniques were used for the measure-
ment of bubble size. The analysis procedures were as fol-
lows: The first step was the binarization for segmentation of

Figure 5. Experimental setup.

1, Plenum chamber; 2, rotating vessel (gas distributor; I.D.
250 mm 3 D. 5 mm); 3, motor; 4, blower; 5, mass flow
meter; 6, high-speed video camera; 7, data analysis system;
8, metal halide lamp.

Figure 6. Visualized bubbling behavior in RFB; G0 5 20,
(u 2 umf)L50 5 0.170 m/s.

Figure 4. Schematic flow of algorithm for bubble size
calculation.
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bubbles from the emulsion phase (background). A typical
recorded image of a bubble and its gray level histogram are
indicated in Figures 7a,b, respectively. The histogram was
normally bimodal and the two peaks were separated obvi-
ously, provided that the image contrast was sufficient. The
peak at a low gray level corresponded to the emulsion phase,
whereas the other corresponded to the bubble phase. These
two phases were distinguished by the optimum threshold
value which was determined based on the discriminant analy-
sis method.28 In this method, the degree of thresholding g(T)
of each gray level T was calculated by the following equa-
tion:

gðTÞ ¼ r2BðTÞ
r2wðTÞ

(12)

where r2B(T) and r2w(T) are interclass and intraclass variances
of pixels, respectively. These were defined as the following
equations:

r2wðTÞ ¼ f1r
2
1 þ f2r

2
2

¼ 1

NP

XT�1

i¼0

i� T1

� �2
ni þ

X255
i¼T

i� T2

� �2
ni

" #
ð13Þ

r2BðTÞ ¼ f1 T1 � T
� �2 þ f2 T2 � T

� �2
¼ 1

NP

XT�1

i¼0

T1 � T
� �2

ni þ
X255
i¼T

T2 � T
� �2

ni

" #
ð14Þ

where, f1, r1, T1 are the normalized number of pixels,
variance, averaged gray level within 0 � i � T 2 1 (class
#1 in Figure 7b), respectively. f2, r2, T2 also indicate
those of within T � i � 255 (class #2 in Figure 7b), respec-
tively. ni, NP, T show the number of pixels at each gray
level, total number of pixels, total average of gray level. The
optimum threshold value (Topt) can be obtained when the
g(T) takes the maximum value. Figure 7c shows the binar-
ized image based on this method. This binarization process-
ing was individually applied to the measured bubbles. In the
second step, individual bubble diameter Db,i was calculated
as an equivalent diameter of sphere according to the follow-
ing equation:

Db;i ¼ 6

p
Ab;iH

� �1=3

(15)

where Ab,i is the white projected area of individual bubble in
the binarized image, and H is the bed thickness. The position
of the bubble can also be calculated as the center of gravity
of the white projected area. Finally, the volume averaged
bubble diameter Db was calculated by the following equa-
tion:

Db ¼ 6

p
Vb

� �1=3

(16)

where Vb, which is the averaged volume of bubble in the
range of certain b to b 1 Db, was obtained by the following
equation:

Vb ¼ p
6

Z1
0

D3
b/ðDbÞdDb (17)

where /(Db)dDb show the number fraction of bubble within
the range of Db to Db 1DDb. The total numbers of the mea-
sured bubble were almost 600 at every operating condition.

The bubble sizes in a conventional fluidized bed were pre-
liminarily measured in order to evaluate the validity of the
analysis method. A two-dimensional fluidized bed, of which
the dimensions were H. 450 mm 3 W. 150 mm 3 D. 5 mm,
was used as the experimental apparatus. The sintered mesh
with 100 lm openings was used as the gas distributor. Spher-
ical glass beads, which are the same one used in the RFB
experiment, were also used as powder samples. The particles
of 400.0 g were charged and the initial bed height was set at
19 cm. Brightness (histogram of gray level) and spatial reso-
lution per one pixel was the same as those in the case of
RFB.

Figure 7. Example of segmentation of bubble phase:
(a) original recorded image; (b) gray level his-
togram of; (c) binarized image.
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Figure 8 shows the averaged bubble diameters as a func-
tion of its height above the gas distributor. Solid line shows
the estimated bubble diameter by the correlation of Darton
et al.26 Dotted line also indicates the estimated values by the
correlation of Mori and Wen.29 This correlation was
expressed as the following equations;

Dbm � Db

Dbm � Db0

¼ expð�0:30z=DtÞ (18)

Dbm ¼ 2:59g�0:2 ðu0 � umfÞAt½ �0:4 (19)

As seen in Figure 8, the measured bubble diameters showed
good agreement with the estimated results by Darton et al.26

and Mori–Wen.29 It is thus confirmed the analysis method
here is suitable for bubble size measurement.

Results and Discussion

Comparison between the experimental and estimated
results of bubble size

Figure 9 shows an example of averaged bubble diameter
in the RFB as a function of dimensionless radius, b. Dotted
curve shows the predicted value by the model for conven-
tional fluidized bed expressed as the Eq. 1.26 Here, centrifu-
gal acceleration at the surface of the gas distributor (9.8�G0)

was directly substituted for gravity term (g) in the Eq. 1.
Solid curve is the estimated result by our proposed model.
Bubble diameters increased with an increase in b due to the
bubble growth. Our model could estimate bubble diameters
with a higher accuracy than the predicted ones by the model
for conventional fluidized bed. Figures 10 and 11 compared
between the experimental and the estimated bubble diameters
by our model and the model for conventional fluidized bed
at various operating parameters. The predicted bubble diame-
ter by our model showed good agreement with the experi-
mental ones even if the operating parameters changed, while
the model for conventional fluidized bed underestimated the
experimental results by 250% deviation. Some errors were
still observed in Figure 10 in the range of low bubble diame-
ter. This is because the small bubbles could not be visualized
accurately because of the limit of the vessel depth. In other
words, the bubble which was sufficiently larger than vessel
depth could only be observed. We thus believe that the
actual bubble diameter in lower range become smaller than
the experimental one.

Bubble growth mechanism in an RFB

The bubble growth mechanism in an RFB was discussed
based on our proposed model. Figure 12 shows simulation
results of bubble diameter as a function of distance from the
distributor. The excess gas velocity at gas inlet was 0.17 m/s
in each case. The bubble size in the RFB became much
smaller than that in the conventional fluidized bed, which
was calculated by the Eq. 1. The bubble diameter also
decreased when G0 increased from 10 to 40. However,

Figure 9. Bubble diameter as a function of dimension-
less radius; G0 5 10 (267 rpm), (u2umf)L50 5
0.17 m/s.

Figure 10. Comparison between experimental and esti-
mated bubble diameters by our proposed
model.

Figure 8. Measured bubble size in two-dimensional
conventional fluidized bed.

2800 DOI 10.1002/aic Published on behalf of the AIChE November 2007 Vol. 53, No. 11 AIChE Journal



bubble diameter reversely increased when G0 increased fur-
ther from 40, although the initial bubble size slightly
decreased. The dimensionless bubble diameters, which were
normalized by the initial bubble diameter, are shown in Fig-
ure 13 as a function of dimensionless radius b. The dimen-
sionless bubble diameter more rapidly increased at higher
G0. It means that the rate of bubble growth increases with an
increase in G0. Figure 14 shows the local bubble Froude
number Frb at different G0. It can be defined as:

Frb ¼
ðu� umf Þbffiffiffiffiffiffiffiffiffiffiffiffiffi

Rv

b

� 	
g0

r (20)

Frb means the ratio of inertial force caused by bubble move-
ment to the local centrifugal force at a certain b. With an

increase in b, Frb increased in each G0, since the excess gas
velocity increases and the centrifugal force decreases with an
increase in the distance from the vessel wall. It should be
noted that the slope of the curve increased with an increase
in G0. The rate of increase in Frb corresponds to the driving
force of the bubble growth due to the gained bubble as indi-
cated by the Eq. 10. The rate of bubble growth thus became
higher with an increase in G0. Figure 15 indicates the sche-
matic illustration of the bubble size change at different cen-
trifugal accelerations. Consequently, the mechanism of bub-
ble growth in an RFB can be considered as the initial bubble
size decreases and the rate of bubble growth increases with
an increase in G0.

Conclusions

Modeling and measurement of bubble growth in a two-
dimensional RFB were conducted. The estimated bubble size
by our proposed model showed good agreement with the
experimentally measured ones, while the predicted ones by
the existing model for conventional fluidized bed underesti-
mated the experimental results by 250%. The validity of our
following concepts used in the modeling of bubble growth
were thus confirmed: (i) the terms of acceleration and excess
gas velocity are considered as the parameters in the radial

Figure 12. Theoretical curves of bubble diameter as a
function of distance from distributor.

Figure 13. Dimensionless bubble diameters at different
G0.

Bubble diameters were normalized by the initial bubble
size.

Figure 14. Local bubble Froude number at different G0.

Figure 11. Comparison between experimental and esti-
mated bubble diameters by the model for
conventional fluidized bed.
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direction, and (ii) bubble volume flow rate increases with an
increase in a radial distance from the surface of rotating gas
distributor. Accordingly, the obtained results concluded the
bubble growth mechanism as the initial bubble size decreases
and the rate of bubble growth increases with an increase in
centrifugal acceleration.

On the basis of our new insights, it is expected to provide
further details of the fundamental fluidization phenomenon in
an RFB such as heat and mass transfer, particle mixing, and
so on.
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Notation

Ab5 area of white projected bubble image, m2

Ac5 area of distributor per hole, m2

At5 cross-sectional area of bed, m2

Dc5 circle equivalent diameter of Ac, m
Db5 equivalent spherical bubble diameter, m
Db05 initial bubble diameter, m
DbG5gained bubble diameter, m
dp5particle diameter, m
Dt5diameter of bed, m
G05dimensionless centrifugal factor, nondimensional
g5gravitational acceleration 5 9.8 m/s2

g0 5 local centrifugal acceleration, m/s2

f5normalized number of pixels, dimensionless
Frb5bubble froude number, dimensionless
H5bed thickness, m
L5 radial distance from rotating gas distributor, m
ni5number of pixels at each gray level, dimensionless
NP5 total number of pixels, dimensionless
QB5bubble volume flow rate, m3/s
RV5 radius of vessel, m
T5gray level, dimensionless

Topt5optimum gray level for binarization, dimensionless
u5 superficial gas velocity, m/s
u05 superficial gas velocity at gas inlet, m/s
umf5minimum fluidization velocity, m/s

Vb 5 averaged bubble volume, m3

z5height above gas distributor, m

Greek letters

b5dimensionless radius, nondimensional
g5degree of thresholding, dimensionless
k5 constant in Eq. 2, nondimensional
l5gas viscosity, Pa s
qf5gas density, kg/m3

qp5particle density, kg/m3

rB5 interclass variance of pixel, dimensionless
rW5 intraclass variance of pixel, dimensionless
x5 angular velocity of rotating vessel, rad/s

Subscript

N5 sequential number of bubble coalescence
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